SHORT NOTES ON
SEPARATION OF DISSOLVED SUBSTANCES
This module covers physical treatment processes including distillation, solvent extraction, air stripping, adsorption, ion exchange and membrane processes.  Some of the above topics are covered more broadly in the additional reading material (AWWA handbook). The readings contain material about distillation, stripping, activated carbon design, ion exchange and membrane processes and aeration. 

Students are expected to develop a sense of the relative costs in making a choice, give short motivations for their choice, and be able to give short descriptions of the principle of operation of the unit processes involved. 

DISTILLATION FOR SEPARATION OF BINARY MIXTURES

Many contaminants and byproducts form binary mixtures with water and could be separated through differences in volatility.  Binary mixtures of miscible liquids, such as water and ethanol, are of interest because of the differences in vapor pressure, which they exhibit, and the influence that vapor pressure has upon their separation by distillation.  All mixtures fall into one of three classes and their properties are considerably different. 

Any liquid (or solid) reaches equilibrium between its concentration in the gas phase and in the liquid phase.  This is called phase equilibrium, because the only change is the phase of the substance.  This leads to the conclusion that there is a vapor present above any liquid or solid. This can be observed with a bottle of ethanol – the smell of the alcohol is noticeable when the bottle is opened.  Raoult’s law states that the vapor pressure of a solvent above a solution is equal to the vapor pressure of the pure solvent at the same temperature  the mole fraction of the solvent present.

The vapor pressure of a liquid is the pressure exerted by the vapor above the liquid.  This is affected by the volatility of the liquid in question (a more volatile liquid will have a higher vapor pressure) and the temperature (the vapor pressure increases with temperature).  Boiling point can be related to vapor pressure – a lower boiling point means that the liquid is more volatile and therefore has a greater vapor pressure.  Ideal mixtures show a straight line on a (composition, vapor pressure) graph – i.e. they obey Raoult’s law (Figure 1a).  They tend to be liquids with similar intermolecular bonding – i.e. ones with similar structure.  Examples of ideal mixtures are hexane and pentane, or propan-1-ol and propan-2-ol. A graph of boiling point against composition looks similar, but the line slopes in the opposite direction.
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Figure 1   Vapor pressures of different mixtures of liquids

For a positive deviation, the vapor pressure for a given mixture is greater than would be expected (Figure 1b) (and therefore the boiling point is lower).  Because the vapor pressure is higher, the liquid is evaporating more easily than would be expected.  This means that some of the intermolecular bonds in the liquid must have been broken when the liquids were mixed.  Examples: 

· ethanol and water – the ethanol molecules have an average of 1 hydrogen bond per molecule, whereas the water molecules have 2. The ethanol molecules interfere with the hydrogen bonds and therefore make the liquid more volatile.

· ethanol and benzene – the hydrogen bonding in the ethanol is reduced by the presence of the benzene.

The vapor pressure can be lower than would be expected from Raoult’s Law – i.e. the intermolecular forces increase when the liquids are mixed (Figure 1c).  This is generally because molecules where no hydrogen bonding is present are mixed to form a liquid with hydrogen bonds.  Example:

· trichloromethane and ethoxyethane – CHCl3 has a polar hydrogen atom but no lone pairs and therefore cannot form hydrogen bonds. C2H5OC2H5 has lone pairs on the oxygen but no polar hydrogen atom and therefore cannot form hydrogen bonds.  When mixed, hydrogen bonds form, decreasing the vapor pressure.

Fractional distillation consists of repeated evaporations followed by condensations.  Each evaporation and condensation of the vapor results in an enrichment of component B (the more volatile component). Ultimately, the vapor produces pure B if there are no limitations.  Repeated evaporations and condensations will also result in the liquid being enriched with component A up to pure if there are no limitations.  Class I represents mixtures that will separate into two pure liquids, but Class II and III are limited by the liquids in a certain proportion having either a maximum or a minimum total vapor pressure, a physical phenomenon known as the azeotrope.

Class I includes all binary mixtures for which the vapor pressure, regardless of the composition of the mixture, is always less than that of the most volatile component and always more than that of the least volatile component; consequently the boiling point of Class I mixtures is always between those of the two components. The composition of the vapor is always richer in the more volatile component than the liquid from which it distils. Such mixtures are essentially amenable to complete separation by means of fractional distillation. 

Figure 2 shows the composition of liquid and vapor phases diagrammatically and how separation of the two components of Class I mixtures can be accomplished by fractional distillation.  If a mixture of A and B with the composition represented by x is heated to its boiling point, the liquid will have a temperature corresponding to 1, and the vapor produced will have a composition corresponding to v on the vapor curve.  If the vapor at v is condensed a liquid corresponding to x' is obtained, which is much richer in B. Redistillation of the mixture x' results in a vapor with a composition x".  
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Figure 2  Composition of liquid and vapor phases during distillation of Class I binary mixtures

Through successive condensations and evaporations, normally accomplished by a fractionating column, a distillate of essentially pure B can be obtained, and A will remain as a relatively pure residue in the still. A wide variety of compounds form Class I binary mixtures.  Examples of Class I mixtures include natural petroleum mixtures and a mixture of most liquid organic substances.
Class II binary mixtures include those that at certain mole ratios have vapor pressures less than either of the components and, consequently, at these ratios have boiling points that are greater than those of either of the components. Upon distillation of such mixtures, either of the components may be fractionated into relatively pure form until the liquid mixture reaches a composition of minimum vapor pressure or maximum boiling point.  From that point on, a constant boiling mixture is obtained and the compositions of vapor and liquid are identical, thus further separation is impossible by this means. 

A diagram showing the composition of the liquid and vapor phases of a Class II binary mixture is given in Figure 10a.  The point marked Z (the mixture with the highest boiling point) is referred to as the azeotropic mixture or azeotrope.  At this point, the composition of the vapor is equal to the composition of the liquid left (and thus both are the azeotrope).  If fractional distillation is carried out on a mixture with negative deviation, then the vapor produces pure product, the nature depending on the side of the azeotropic point where the initial mixture is located (see diagram).  Fractional distillation of X leads to pure B product, whereas the liquid is left as pure azeotrope.  Distillation of Y leads to pure A product in the vapor and the azeotrope in the liquid.

Examples of Class II binary mixtures include hydrochloric, hydrobromic, hydroiodic, hydrofluoric, nitric and formic acid in aqueous solution.  The constant boiling mixture of hydrochloric acid at 760 mm pressure contains 20.2% HCl and is often used as a primary standard in quantitative analysis. 
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Figure 3   Composition of liquid and vapor phases during distillation of a Class II and Class III binary mixtures 
Class III binary mixtures include those that at certain mole ratios have vapor pressures greater than those of either of the components, and therefore the boiling points at such mole ratios are lower than those of either component.  Upon distillation of Class III mixtures, the results are opposite to those obtained with Class II mixtures.  A distillate, which contains both components in a constant ratio, is obtained and the residue remaining in the flask consists of either component in pure form. 

A diagram showing the composition of the liquid and vapor phases of a Class III binary mixture is given in Figure 3b.  Fractionation will yield a distillate with composition x, and the liquid will become richer in component B.  Eventually either pure A or pure B will remain in the liquid phase.  Again, the point with the lowest boiling point is the azeotropic point. If X is distilled, the vapor produces the azeotrope and the liquid pure B, whereas when Y is distilled, the vapor produces azeotrope and the liquid pure A.

Ethyl alcohol and water form a binary mixture of this class.  The distillate, regardless of the composition of the original mixture, will always contain 95.6 % alcohol at 760 mm pressure as long as both components are present in the liquid phase. 
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           Figure 4  Multistage distillation column

DISTILLATION FOR DESALINATION
Distillation for the recovery of water and dissolved solids from product streams or as a means of obtaining water from saline sources seems to be an obvious and apparently simple technology.  However, the main deterrent against more widespread use of distillation for the separation of dissolved solids is the high energy requirement due to the high heat of evaporation of water.  Energy consumption can be reduced by reusing energy for evaporation from condensation of water.  The main exponents of this approach, multi-stage flash (MSF) and multiple-effect distillation (MED) (with or without vapor compression) are becoming increasingly competitive for small and medium sized applications.

Over 60 percent of the world's desalted water is produced with heat to distill fresh water from seawater. The distillation process mimics the natural water cycle in that sale water is heated, producing water vapor that is in turn condensed to form fresh water. In a laboratory or industrial plant, water is heated to the boiling point to produce the maximum amount of water vapor. 

For this to be done economically in a desalination plant, the boiling point is controlled by adjusting the atmospheric pressure of the water being boiled. (The temperature required to boil water decreases as one moves from sea level to a higher elevation because of the reduced atmospheric pressure on the water. Thus, water can be boiled on top of Mt. McKinley in Alaska [elevation 6200 meters (20300 feet) at a temperature of about 16 degrees C (28 degrees F) less than boiling it at sea level.] The reduction of the boiling point is important in the desalination process for two major reasons: multiple boiling and scale control. 

To boil, water needs two important conditions: the proper temperature relative to its ambient pressure and enough energy for vaporization.  When water is heated to its boiling point and then the heat is turned off, the water will continue to boil only for a short time because the water needs additional energy (the heat of vaporization) to permit boiling. Once the water stops boiling, boiling can be renewed by either adding more heat or by reducing the ambient pressure above the water.  If the ambient pressure is reduced, then the water would be at a temperature above its boiling point (because of the reduced pressure) and will boil with the extra heat from the higher temperature to supply the heat of vaporization needed. As the heat of vaporization is applied, the temperature of the water will fall to the new boiling point. 

To significantly reduce the amount of energy needed for vaporization, the distillation desalting process usually uses multiple boiling in successive vessels, each operating at a lower temperature and pressure. This process of reducing the ambient pressure to promote boiling can continue downward and, if carried to the extreme with the pressure reduced enough, the point at which water would be boiling an freezing at the same time would be reached. 

Aside from multiple boiling, the other important factor is scale control.  Although most substances dissolve more readily in warmer water, some dissolve more readily in cooler water.  Unfortunately, some of these substances like carbonates and sulfates are found in seawater.  One of the most important is gypsum (CaSO4), which begins to leave solution when water approaches c. 95 C (203 F). This material forms a hard scale that coats any tubes or containers present.  Scale creates thermal and mechanical problems and, once formed, is difficult to remove.  One way to avoid the formation of this scale is to keep the temperature and boiling point of the water below 95C. 

These two concepts have made various forms of distillation successful in locations around the world. The process which accounts for the most desalting capacity is multi-stage flash distillation, commonly referred to as the MSF process. 

 

Multi-Stage Flash Distillation

The multi-stage flash process was introduced in about 1960.  The first commercial units were installed in Kuwait, and soon after plants in Qatar, the Caribbean and Malta were built.  By 1970, large units had been installed in Abu Dhabi, each rated at 9 000 m3/d, and soon afterwards the first 22 500 m3/d plant entered service in Kuwait.  Since then about 53% of the total desalination plant capacity installed has been MSF, amounting to 9.6 million m3/d by 1995.  Units of 34 000 m3/d are in operation in Abu Dhabi, Kuwait, Oman, Dubai, and Saudi Arabia.  The Al Taweelah ‘B’ plant in Abu Dhabi, consists of six units each rated at 54 500 m3/d maximum output.  The largest installation, in terms of total capacity in one contract, is 10 x 45 500 m3/d units was constructed at Al Shoiaba II in Saudi Arabia.

Although the basic technology of the latest large MSF plant is similar to the early units, there have been major developments in scale control techniques, heat transfer, the use of corrosion-resistant materials, and the mechanical design of large structures and equipment (such as pumps which are now required).

In the MSF process, seawater is heated in a vessel called the brine heater. This is generally done by condensing steam on a bank of tubes that passes through the vessel, which in turn heats the seawater. This heated seawater then flows into another vessel, called a stage, where the ambient pressure is such that the water will immediately boil. The sudden introduction of the heated water into the chamber causes it to boil rapidly, almost exploding or flashing into steam. Generally, only a small percentage of this water is converted to steam (water vapor), depending on the pressure maintained in this stage since boiling will continue only until the water cools (furnishing the heat of vaporization) to the boiling point. 

The concept of distilling water with a vessel operating at a reduced pressure is not new and has been used for well over a century.  A unit that used a series of stages set at increasingly lower atmospheric pressures was developed in the 1950s.  The feed water could pass from one stage to another and be boiled repeatedly without adding more heat in this unit. Typically, an MSF plant can contain from 4 to about 40 stages. 

The steam generated by flashing is converted to fresh water by being condensed on tubes of heat exchangers that run through each stage. The incoming feed water going to the brine heater cools the tubes. This, in turn, warms up the feed water so that the amount of thermal energy needed in the brine heater to raise the temperature of the seawater is reduced. 

Multi-stage flash plants have been built commercially since the 1950s. They are generally built in units of about 4000 to 30000 m3/d (1 to 8 mgd).  The MSF plants usually operate at the top feed temperatures (after the brine heater) of 90 - 120 degrees C (194 - 249 degrees F).  Once of the factors that affects the thermal efficiency of the plant is the difference in temperature from the brine heater to the condenser on the cold end of the plant.  Operating a plant at the higher temperature limits of 120 degrees C (248 degrees F) tends to increase the efficiency, but it also increases the potential for detrimental scale formation and accelerated corrosion of metal surfaces. 

Process.  Figure 5 shows the process flow diagram of a brine recirculation MSF plant with high-temperature additive-scale control.  The main advance in MSF over the earlier submerged-tube multiple-effect plants is that evaporation takes place by ‘flashing’ from a stream of brine flowing through the bottom of the stages, instead of direct contact boiling under stagnant conditions.  
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Figure 5   Flow diagram of multi-stage flash plant

Entrained brine droplets are removed from the vapor by entrainment separators and the pure vapor condense into distillate on the condenser tubes. The distillation process operates from a low vacuum in the first stage to a high vacuum in the last stage, with stage-to-stage pressure differential being the key to the repeated flashing.  Initial vacuum in the stages is created by the high-pressure steam-driven ejector/condenser vacuum system. 

Filtered raw seawater is pumped through the condenser tubes of the heat rejection stages and is discharged. The cool feedwater flowing through the condenser tubes dissipates the heat in these last stages.  A portion of raw seawater is withdrawn as make-up water and the remainder is discharged to the sea. The make-up water is deaerated to remove the non-condensable gases and is treated with sulfuric acid for scale control purposes. The deaerated feedwater is introduced into the brine section of the last stage and mixes with the recirculating brine flow. The mixture of recirculated brine and deaerated feedwater is pumped through the condenser tubes of the heat recovery stages and the brine heater by the brine recirculating pump. 

In order to maintain a material balance in the system and control the maximum brine concentration, a portion of the concentrated brine from the last stage is discharged to the ocean as blowdown.  As the brine flows through the condenser tubes of the heat recovery stages, it is progressively heated in each stage by flashing brine vapor condensing on the outer tube surfaces. The brine then passes through the tubes of the brine heater for final heating to about 110°C. 

The heated recirculating brine is directed to the shell side of the first stage for flashing. The recirculating brine flows into each stage, flashes down, and is discharged from the last stage. 

Low-pressure steam is used to heat the recirculating brine flowing through the tubes of the brine heater.  The low-pressure steam is piped into the shell side of the brine heater and, by transfer of its heat to the recirculating brine flow, condenses on the outer tube surfaces. Thus, the recirculating brine is heated to its design top temperature. Condensate formed by the condensing steam is piped to the condensate pump and is pumped to the condensate return system. 

Distillate is formed on the stage condenser tubes by condensation of the flashed brine vapor. The distillate collects in a distillate trough, which is common to all the stages and flows from the first stage to the last stage. From there it is pumped into the distillate storage system. 

High-pressure steam is used to drive ejectors to create the initial vacuum in the evaporator. Once the plant is in normal operation, the vacuum is maintained by the condensing action in each stage, supported by the ejectors. The ejectors also evacuate non-condensables from the evaporators. The spent high-pressure steam and the non-condensables are discharged from the ejectors into condensers where the steam is condensed and the non-condensables are vented to atmosphere. 

A measured amount of sulfuric acid is continuously injected into the make-up flow to neutralize scale-forming elements in the seawater, thereby preventing formation of scale in the stage and brine heater condensing tubes.  A measured amount of anti-foam can be injected into the feedwater stream to reduce the foaming characteristics in the evaporator vessel. 

The transfer of latent heat from brine to vapor causes the brine temperature to fall in each stage, approaching equilibrium with the saturated vapor conditions.  After passing through demisters to remove water droplets, the vapor is condensed on the surface of heat-exchanger tubes and the distillate product is collected.  Brine, which is extracted from the lowest temperature stage, is recirculated through the tube bundles of the heat-recovery stages and is heated by the transfer of latent heat from the condensing vapor.  A further temperature rise takes place in the brine heater to provide the temperature differential needed to promote flash evaporation.  The lowest temperature stages, which are seawater cooled act as a heat-rejection section.  The distillate output of the MSF process is obtained by the product of the brine recirculation flow and the difference in temperature between the brine heater outlet and lowest temperature stage, as is stated in the equation below:                      

   Md 
=  Mb Cp (T1 - Tm)/(h

Where

Md
=  distillate product (kg/s)
Mb
=  brine recirculation flow (kg/s)
Cp
=  brine specific heat (kg/s)
T1
=  brine heater outlet temperature (oC)
Tm
=  lowest stage temperature (oC)
(h
=  vapor to distillate enthalpy difference (kJ/kg)

Raising the temperature drop in flashing for a given plant and brine recirculation-pump design can increase the output.  This requires the highest practicable temperature at the heater outlet, because the design seawater temperature determines the temperature in the last stage.

The performance ratio, R, is defined as the mass of distillate produced per unit mass of steam consumed, and R = distillate output/steam consumption = Md/Ms.

Steam consumption is normally measured as saturated steam, at the brine heater.  Typical values of performance ratio are in the range of 7-10.  An increase in performance ratio requires larger heat-transfer surface areas and usually more stages.  Evaluating energy savings against the additional capital costs can optimise the performance ratio.  The MSF process requires seawater for cooling the heat-rejection section and ejector condensers, part of the cooling-water flow being then introduced as feed make-up to the brine recirculation system.

Feed Treatment and Scale Control.  Seawater contains sulphate and bicarbonate ions, which can cause the formation of deposits of insoluble calcium and magnesium compounds at elevated temperatures.  It is therefore necessary to add suitable scale-control chemicals to prevent fouling of heat-transfer surfaces in the brine heater and heat recovery stages.  The seawater is also chlorinated to prevent marine growth in pipelines and heat exchangers.

High-temperature polymer additives, derived from polymaleic acid, are now used in most MSF plants.  These additives are effective at brine temperatures up to around 110(C, and are mostly used in conjunction with on-load sponge-ball cleaning to remove soft-scale depositions.  These additives rely on a threshold effect of scale crystal lattice distortion and produce a soft sludge readily removed by hydraulic forces, and often assisted by sponge-ball cleaning.  Intervals between off-load acid cleans are at least one year, and some Middle East plants have operated for five years without acid cleaning.

Plant Design and Materials.  Most large MSF distillers are of the cross-tube design, with the tubes at right angles to the flashing brine flow path.  It is usual to arrange all the stages on a single deck for ease of maintenance, access to water boxes and stage manholes, but two-deck construction can be used if the site area is restricted.  Selection of suitable grades of material is essential in all types of desalination plant, for the high salinity and corrosive conditions (Heaton and Douglas,1982).  

Heat-exchanger tubes are normally manufactured using 90/10 cupro-nickel for heat-recovery stages, although aluminium brass can be used for lower temperature stages.  Heat rejection and brine heater-tube bundles are often specified in 66/30/2/2 cupro-nickel (iron and manganese modified) to resist the more corrosive conditions.  Ejector condensers are usually tubed in titanium, and this material may also be advisable for heat-rejection tubes if the seawater is polluted or silt laden.

Corrosion-resistant linings are now widely used for distiller shells, particularly in high-temperature stages.  Linings in cupro-nickel or 316 stainless steel can be roll clad to the structural steel plate, giving a more satisfactory bond than spot welding.  In lower temperature stages, corrosion allowances or epoxy coatings can he used, but a good case can be made for metallic linings throughout, which result in a reduction in downtime and maintenance.  It is often economical to build shells for small plants entirely from cupro-nickel plate, with external steel reinforcement.

Multiple Effect Distillation

The earliest seawater evaporators were multiple-effect plants, installed in ships to supply drinking and boiler water.  The Royal Navy had large ‘condensing ships’ and these were used to supply forces onshore as well as the ships’ requirements in Sudan in 1885.  These plants were all designed with heating steam coils immersed in a pool of seawater.  Scale formation and corrosion rates were excessive, and frequent mechanical cleaning was necessary.  This was the main reason for the invention and development of MSF, which quickly took the place of multiple-effect plants.

During the last 10-15 years the development of the multiple-effect plant, particularly the use of evaporation from thin films of seawater sprayed over the heat-transfer surface, has transformed the performance and reliability of this process.  MED plants are now available as simple and reliable designs from small package units of plants up to 5 000 and even 10 000 m3/d per unit.  Four units, each of 4 500 m3/d, have been operating successfully in Abu Dhabi since 1992, and larger plants are now being built.

The multiple effect distillation (MED) process has been used for industrial distillation for a long time. One popular use for this process is the evaporation of juice from sugar cane in the production of sugar or the production of salt with the evaporative process. Some of the early water distillation plants used the MED process, but this process was displaced by the MSF units because of cost factors and their apparent higher efficiency.  However, in the past decade, interest in the MED process has renewed, and a number of new designs have been built around the concept of operating on lower temperatures. 

MED, like the MSF process, takes place in a series of vessels (effects) and uses the principle of reducing the ambient pressure in the various effects.  This permits the seawater feed to undergo multiple boiling without supplying additional heat after the first effect.  In an MED plant, the seawater enters the first effect and is raised to the boiling point after being preheated in tubes.  The seawater is either sprayed or otherwise distributed onto the surface of evaporator tubes in a thin film to promote rapid boiling and evaporation.  The tubes are heated by steam from a boiler, or other source, which is condensed on the opposite sides of the tubes.  The condensate from the boiler steam is recycled to the boiler for reuse. 

Only a portion of the seawater applied to the tubes in the first effect is evaporated.  The remaining fed water is fed to the second effect, where it is again applied to a tube bundle.  These tubes are in turn being heated by the vapors created in the first effect.  This vapor is condensed to fresh water product, while giving up heat to evaporate a portion of the remaining seawater feed in the next effect.  This continues for several effects, with 8 or 16 effects being found in a typical large plant.  Usually, the remaining seawater in each effect must be pumped to the next effect so as to apply it to the next tube bundle.  Additional condensation takes place in each effect on tubes that bring the feed water from its source through the plant to the first effect.  This warms the feed water before it is evaporated in the first effect. 

MED plants are typically built in units of 2000 to 10000 m3/d (0.5 to 2.5 mgd).  Some of the more recent plants have been built to operate with a top temperature (in the first effect) of about 70 C (158 F), which reduces the potential for scaling of seawater within the plant but in turn increases the need for additional heat transfer area in the form of tubes.  Most of the more recent applications for the MED plants have been in some of the Caribbean areas.  Although the number of MED plants is still relatively small compared to MSF plants, their numbers have been increasing. 

Process   The basic process concept of a typical horizontal-tube multiple effect plant is shown in Figure 6.  Heating steam is supplied to the inside of the heat exchange tubes in the first effect, and condenses to form condensate or product water.  The latent heat is transferred through the tube wall and heats a thin film of seawater feed flowing over the tube surfaces under gravity.  Once saturation is reached, boiling takes place in the water film.  The vapor formed in the first effect passes through demisters and is then introduced into the tubes of the second effect.  
This process is repeated through the plant, and the product water from each effect is collected and extracted.   Vapor that is formed in the final effect, passes to a seawater-cooled condenser, which acts as the heat-rejection section of the plant.  Part of the warm seawater at the condenser outlet is filtered and used as feed water to the effects.  Spray nozzles in each effect distribute the water evenly across the tube bundles.  In some designs, the seawater feed is preheated in separate heat exchangers connected to each effect.
The main difference between MED and MSF is in the evaporation process.  In MSF plants, evaporation is by flashing from brine flowing through the stages.  The heat transfer mechanism on the tube surfaces is condensation on the outside and convection heating inside the tubes.  No boiling takes place in contact with heat-transfer surfaces.  The evaporation conditions in MED must be carefully controlled to ensure that dry areas or high concentrations do not occur locally on the heat-transfer surfaces.  This can lead to heavy scale formation – as found in the submerged tube plants and some of the early falling-film designs.  Development in the design of spray nozzles and feed distribution has eliminated this type of problem in modern MED plants.
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Figure 6.  Flow diagram of multi-effect distiller

Scale Control.   It is important that MED spray-film evaporators operate with low scaling, since the effect of scale is to reduce output, for a given temperature range.  This is a fundamental difference from the MSF process, in which the plant will operate at full output, but steam consumption rises when scaling takes place. 

Most horizontal-tube MED plants operate at low first-effect temperatures (around 60-65ºC) at which the rate of scale formation is low and is easily controlled by polymer-additive inhibitors.

Vapor Compression Distillation

The vapor compression (VC) distillation process is generally used for small- and medium-scale seawater desalting units. The heat for evaporating the water comes from the compression of vapor rather than the direct exchange of heat from steam produced in a boiler. 

The plants that use this process are generally designed to take advantage of the principle of reducing the boiling point temperature by reducing the pressure.  Two primary methods are used to condense vapor so as to produce enough heat to evaporate incoming seawater: a mechanical compressor or a steam jet.  The mechanical compressor is usually electrically driven, allowing the sole use of electrical power to produce water by distillation. 

VC units have been built in a variety of configurations to promote the exchange of heat to evaporate the seawater.  The diagram illustrates a simplified method in which a mechanical compressor is used to generate the heat for evaporation.  The compressor creates a vacuum in the vessel and then compresses the vapor taken from the vessel and condenses it inside of a tube bundle also in the same vessel.  Seawater is sprayed on the outside of the heated tube bundle where it boils and partially evaporates, producing more water. 

With the steam jet-type VC unit, also called a thermocompressor, a venturi orifice at the steam jet creates and extracts water vapor from the main vessel, creating a lower ambient pressure in the main vessel. The steam jet compresses the extracted water vapor.  This mixture is condensed on the tube walls to provide the thermal energy (heat of condensation) to evaporate the seawater being applied on the other side of the tube walls in the vessel. 

VC units are usually built in the 20- to 2000-cum/d (0.005- to 0.5-mgd) range.  They are often used for resorts, industries, and drilling sites where fresh water is not readily available. 

[image: image13.png]Centifugal
Comprestor

Prehested
Fecd Water

FEED WATER
Distiled Water
Heat Exchanger

Hot Steam

Heat
Exchanger

“Distilled Water Going Out

Heating
Element ()




Figure 7  Vapor compression distillation
Vapor compression process   In the conventional MED process, with live steam admission to the first effect, the performance ratio is approximately equal to the number of effects; therefore eight effects are needed to give an 8:1 performance ratio.  This compares with MSF that would usually have about eighteen stages for the same performance ratio.  The performance ratio of MED can be raised considerably by means of vapor recompression.  Vapor formed in the lowest temperature effect is recompressed and introduced to the first effect.  Compression can be carried out in two ways:

(1) Thermal vapor compression (TVC); and

(2) Mechanical vapor compression (MVC).

The thermal vapor compression (TVC) type of plant uses a steam ejector to achieve the compression, basically similar to the ejectors used for distiller vacuum systems.  The thermo-compressor acts in the same way as a heat pump and can raise the efficiency considerably, since only the motive steam for the thermo-compressor is taken from the energy source.  Thermo-compression plants can operate with steam pressures from as low as about 2.5 bar up to 25-30 bar, and the improvement in performance ratio increases with steam pressure supply.

In the mechanical vapor compression process, no live steam is required except for preliminary heating to raise the plant to working temperature.  The energy input is entirely as mechanical power to drive the compressor.  MVC plants are in service with energy consumptions around 11 kWh/m3, and designs have been developed with power consumptions as low as 8 kWh/m3.  This is the lowest energy consumption of any distillation so far developed and is competitive with seawater reverse osmosis with energy recovery.  MVC unit ratings have so far been limited to about 1 500 m3/d by the availability of suitable compressors for low-pressure operation.

Materials   Materials are mostly similar to MSF installations, but the top tube rows are usually made from titanium, to resist erosion from the feed water sprays.  Evaporator shells are often fabricated from solid 316 L stainless steel, with carbon-steel external bracing.  Flushing with fresh water is needed before shutdown to prevent crevice or pitting corrosion.  In a small plant in Ascension Island, the evaporator shells were manufactured in glass-reinforced polyester (GRP), which is suitable for the design 62ºC maximum temperature.

Dual Purpose Desalination and Power Generation.  The steam needed to operate distillation plants can be provided by extraction or heat recovery from thermal generating plant.  Dual-purpose power and desalination plants have lower fuel consumption than separate single-purpose installations of the same capacities.

Most of the large MSF desalination plants are combined with power generation for this reason.  Examples are given (Table 1) of MSF distillers obtaining steam from steam turbine and gas turbine based power plants.  

Table 1.  Examples of large dual-purpose desalination and power plant schemes

	PROJECT
	LOCATION
	DESALINATION PLANT
	POWER PLANT
	YEAR

	
	
	Type
	Rating m3\day
	Type
	Rating MW
	

	Shoaiba 11
	Saudi Arabia
	MSF
	10 x 45 000
	Steam turbine
	5 X 100
	1997

	Ras Abu Fontas 'B'
	Oatar
	MSF
	5 x 30 000
	Gas turbine & heat recovery boilers
	5 x 120
	1997

	Jebel Ali ‘G’
	Dubai
	MSF
	8 x 34 000
	Combined cycle
	5 x 115 (GT)
	1993

	
	
	
	
	
	2 x 35 (ST)
	1996

	Taweelah ‘B’
	Abu Dhabi
	MSF
	6 X 56 000
	Steam turbine
	6 x 120
	1995


Emerging technology
More hybrid processes are being developed.  The Memstill process, being developed at the TNO in Delft, the Netherlands, uses membranes to separate heating surfaces and condensers, only mms apart (Figure 8). The membrane only allows water vapor molecules to pass through.  This is claimed to increase energy efficiency significantly (Figure 9). 
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Figure 8  The Memstill process
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Figure 9  Cost comparison of desalination alternatives

PRINCIPLES OF SOLVENT EXTRACTION

Industrial wastes often contain valuable constituents that can be recovered most effectively and economically by means of extraction with an immiscible solvent, such as petroleum ether, diethyl ether, benzene, chloroform, or some other organic solvent. Also, many methods for water analysis involve extraction of a constituent or complex from the water sample as one step in the determination. This is true of some procedures for measurement of surface-active agents and various heavy metals. Because of the importance of this operation in environmental engineering practice, a discussion of the principles involved is merited. 

When an aqueous solution is intimately mixed with an immiscible solvent, the solutes contained in the water distribute themselves in relation to their solubilities in the two solvents. For low to moderate concentrations of solute, the ratio of distribution is always the same:    
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The equilibrium constant, K, or the ratio of distribution, is known as the distribution coefficient.         In actual practice the immiscible solvent is selected for its ability to dissolve the desired material, and the values for K are normally greater than one. 

If the volume of solvent used is equal to the volume of the sample being extracted, the mathematics involved is rather simple.  For a system with a distribution coefficient of 9, 90 % of the material would be extracted in the first step, and in each subsequent step 90 % of the material remaining is extracted.  After three extractions with fresh solvent, for example, 99.9 % of the material would be removed. 

In actual practice it is seldom feasible to use a volume of solvent equal to the waste volume, and calculations become somewhat more involved.  The question in industrial waste treatment is usually:     How much remains in the aqueous phase after n extractions?  The expression defining the distribution coefficient may be written in terms of the amounts of the substance extracted and the volumes of the liquids involved such that: 
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where W0 is the mass of the substance originally present in the aqueous phase, W1 is the mass remaining in the water after one extraction, and Vs and Vw are the volumes of solvent and water, respectively.  Simplifying, we obtain:
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     or    W1     =   
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In the second step of the extraction,  

        W2   =  
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or, in terms of the original sample,
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After n extractions the mass of substance remaining in the water is:    
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This last equation has general application and may be used to calculate the volume of solvent needed to reduce the concentration of a material in the aqueous phase to a predetermined level with a fixed number of extractions; or the number of extractions needed with a fixed volume of a solvent, provided that the distribution coefficient is known.

Desalination WITH MEMBRANE PROCESSES

Desalination technology is applied in many areas of the world to provide fresh water from brackish or seawater sources.  During the last thirty years, desalination has developed to become a major water resource in many arid areas of the world, particularly in the Middle East.  The total capacity of plants now in service or under construction is about 19 million m3/d, of which about 65% is seawater desalination.

The Middle East accounts for approximately 8.4 million m3/d or 69% of the world total seawater desalination plant capacity.  In the USA, brackish water desalination is increasingly being used in Florida and other southern states, with about 2.7 million m3/d capacity, including membrane softening processes.  Other areas using desalination are islands in the Mediterranean, especially Malta and the Balearics.  The Canary Islands are largely dependent on seawater desalination for the flourishing tourist industry and large plants are planned for Southern Spain.

Desalination applications may increase as water demands steadily increase and the potential for new resource development becomes limited by availability and environmental constraints on new reservoir construction.  Industrial applications are also on the increase as a means of water reclamation and to recover valuable dissolved substances.  The technology that is available in both distillation and membrane processes is reviewed in this section.  Indications of capital and operating costs are provided.

Traditionally, the separation of water from a salt solution has involved a phase change – whether by evaporation and subsequent condensation of the VAPOR, as outlined previously, or by freezing.  Both techniques have been used, although commercially the distillation processes have demonstrably been the most successful.

The development of membranes with controlled pore sizes allowed, for the first time, a separation of water from saline solution without having to undergo a phase change.  From this concept, a number of membrane processes has been developed, each with its own characteristics as discussed below.  In addition, a further process, electrodialysis that uses membranes in conjunction with an applied electric field, is also discussed.

Reverse Osmosis
Process Outline.  When a salt solution is separated from pure water by a semi-permeable membrane, pure water will flow through the membrane diluting the salt solution.  This process will continue until the hydrostatic head of the salt solution is sufficiently high to arrest the process.  At this point the hydrostatic pressure is equal to the osmotic pressure of the salt solution, and is proportional to the total dissolved-solids concentration.  Seawater of normal salinity has an osmotic pressure of c. 2 500 kPa (25 bar).

If a pressure higher than the osmotic pressure is applied to the salt solution on the concentrate side of the membrane, a reverse flow will result in fresh water being forced through from the concentrated solution to the dilute solution.  This process is known as reverse osmosis (RO).  The rate of flow of pure water through the membrane is dependent upon the temperature of the water and the net driving pressure, the latter being provided (in practice) by a high-pressure pump.  Water and salt transfer across the membrane at a given temperature are dependent upon different parameters:

(a) mass flow of water is proportional to the ‘net driving pressure available’ - basically, applied pressure minus osmotic pressure and pressure drop across the membrane, and

(b) solute transfer is independent of pressure but dependent on the solute concentration difference across the membrane.
Accordingly, at higher pressures, the quality of the permeate improves due to a greater increase in water flux than the increase in solute flux.  In practice, the maximum operating pressure is limited by the physical strength of the membrane and support material.

Reverse-osmosis membranes, in addition to desalting seawater, will also act as ultra filters and reject suspended solids, colloids and heavy metals with, however, the risk of plugging or fouling of the membrane surface.  It is therefore essential to eliminate these substances prior to the membranes, and a comprehensive pretreatment system is normally installed upstream from the membranes.
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In addition to removing potential membrane fouling materials, it is also necessary to prevent scale formation on the membrane surfaces due to seawater concentration.  Sulphuric acid is normally used to prevent alkaline scale formation, but polymeric scale control additives are being used increasingly - either alone or in conjunction with acid dosing.

Calcium sulphate precipitation is not normally a problem with seawater RO systems.  The low water conversion factors (up to 45%) used in seawater RO ensure that the solubility product of CaSO4 is not exceeded in the concentrated brine.

Table 2.  Operating conditions for seawater membranes
	Membrane material
	Polyamide
	Polyamide acetate
	Cellulose

	Membrane configuration
	Spiral wound
	Hollow fibre
	Hollow fibre

	Chlorine tolerance (continuous exposure)
	No
	No
	Up to 1mg/L

	Operating pH range
	4.0-11.0
	4.0-11.0
	4.0-6.5

	Silt density index
	<5
	<3
	<3

	Standard design temperature (ºC)
	25
	25
	25

	Maximum operating temperature (ºC)
	40
	40
	40

	Maximum operating pressure (bar)
	70
	82
	60


Feed Water Quality and Quantity.  Membrane manufacturers specify stringent standards for the quality of water fed to their membranes.  The feed water quality requirements are dependent on both the membrane material (cellulose acetate or polyamide) and the membrane configuration (hollow fibre or spiral wound).

In general, polyamide membranes cannot tolerate the presence of chlorine, however they are not as subject to bacteriological problems as cellulose acetate membranes that can be degraded by bacteria.  Hollow-fibre membranes are understood to be less tolerant of colloid-particle fouling than spiral-wound membranes.  Typical operating conditions for seawater membranes in present commercial service are given in Table 2.

The silt density index is a measure of the colloid particle content of the water fed to the membranes.  The test involves the measurement of the time required for successive 500 mL increments of feedwater to pass through a 0.45( filter under a constant pressure of 2.1 bar.

In addition to the need to remove colloids and other particulate matter from the seawater prior to the membranes, it is also necessary to ensure that the water is sterile.  As stated earlier, cellulose acetate membranes are subject to biological degradation, because it is possible for biological slimes to form on the membrane surface.  These slimes, if unchecked, can cause irreversible membrane fouling and consequential loss of water production capacity and product water purity.

The feedwater quantity required for a RO plant depends on the water conversion factor, which is defined as:  Water conversion factor = product flow / membrane feed flow

The overall water conversion factor can vary from 30% to 45% for typical seawater plants, giving a seawater feed requirement of 3-4 times the product output.

Feed Pretreatment.  The extent of pretreatment varies with the contaminants present in the seawater.  Figure 15 shows a pre-treatment system for seawater abstracted from a surface intake and therefore likely to contain colloidal material and marine organisms.

Chlorine is continuously injected at the discharge of the seawater pump to act as a biocide, and then the seawater is treated with alum or ferric chloride in order to coagulate any colloidal matter.  A baffled retention tank provides time for floc growth and for the sterilising action of chlorine to be completed.  Two stages of filtration are shown, with polyelectrolyte filter aid being injected into the seawater prior to the second filtration stage.  The filtered water would be on-line monitored for turbidity and possibly silt density index (SDI).  On line SDI meters are complex and require regular maintenance to produce reliable results; therefore, it would be more usual for this determination to be made manually.

In a plant using polyamide membranes, sodium metabisulphite is injected downstream from the filters to dechlorinate the treated seawater.  For a plant using cellulose acetate membranes, it is not necessary to dechlorinate, but the chlorine injection would be controlled to give a residual of not more than 1 mg/L at this point with metabisulphate injection facilities available for emergency back-up. Following the addition of acid to control alkaline scaling and cartridge filtration, the seawater is fed to the membranes.

Where the geology permits, the seawater feed can be taken from onshore beachwells, using the seabed and beach material as a large prefilter.  The 9 000 m3/d seawater RO plant at Fujairah in the United Arab Emirates (Figure 16) has a beachwell intake achieving low SDI levels (Rahman, Callister, Wade, & Stevens, 1992).  Beachwells are also an effective way of avoiding pollution of the feed from offshore incidents such as oil spills.

Plant Design and Materials.  RO plants are generally designed to a specified output and product water analysis, based on a specified feed-water analysis.  Feed-water temperature has a significant effect on water flux through the membrane, approximating to a 3% increase per degree Celsius rise in temperature.  This is an important design consideration, particularly bearing in mind likely seasonal changes in seawater temperature.  In general, plant design should be based on the lowest seawater temperatures.  Two further design constraints are compaction and concentration polarisation.

Compaction.   This is the forced increase in density of the membrane layer due to operation at higher temperatures and pressure, resulting in a membrane with improved rejection characteristics but with a permanently reduced output.  The rate of compaction varies directly with feed-water temperature and pressure – increases in either resulting in an increased rate of compaction.

Concentration Polarisation.  This refers to the effect of an increased concentration of salts at the membrane surface which is due to the formation of a stagnant boundary layer.  The greater the concentration polarisation, the more marked is the reduction in membrane output and an increased chance of precipitation.  This effect is usually restricted through maintaining a minimum brine flow to promote an adequate degree of turbulence.

The operating brine concentration, pressure and water conversion factor need to be selected to limit both compaction and concentration polarisation effects.  The choice of water conversion factor is also influenced by the required salinity of the product water, since salt passage increases with water conversion factor.  With relatively low salinity feed waters, for example Atlantic seawater of about 36 000 mg/L, it is practicable to obtain a product salinity within the WHO recommendations of 500 mg/L from a single stage of seawater membranes, with a water conversion factor around 35%.  However, achievement of this salinity from Gulf or Red Sea feed water (42 000 mg/L or higher) usually requires the use of two membrane stages.  In this case, it is sufficient to treat only a part of the first-stage product in the second-stage membranes; the remainder being bypassed.

The choice of materials is a critical factor in the design of the plant.  Uncoated carbon steel is to be avoided because of potential problems due to iron pickup and subsequent deposition on the membranes.  Pipework downstream from the pretreatment system is best constructed from non-ferrous materials, e.g. glass reinforced plastic.  For small-bore, high-pressure pipework, e.g. membrane seawater and brine header systems, high alloy austenitic stainless steel with 6% molybdenum is needed to avoid pitting and crevice corrosion of the header couplings.

RO membranes are normally contained within cylindrical tubes constructed from GRP.  It is essential that a standard procedure is adopted which takes into account the high operating pressures and pressure cycling effects experienced over the design working life of the containment.  This requirement is met by using vessels that are constructed and tested in accordance with ASME Code X, and this standard now appears to be universally accepted.

Energy Requirements — Energy Recovery.  The energy requirement for RO plants is in the form of electric power to drive the process pumps, the largest load being the high-pressure pump feeding the first-stage membranes.  For a typical seawater plant using an extensive pretreatment system and operating with a water conversion factor of 40%, the power requirements with energy recovery would approximate to 5 kWh/m3.

The reject brine from the first-stage membranes is discharged to waste at a pressure close to the feed pressure.  The brine therefore contains considerable hydraulic energy, part of which can be recovered by means of a water turbine.  The turbine can be directly connected to the first-stage pump, thus reducing the power input to the motor, or alternatively to generate electricity.

Pelton wheel impulse turbines and radial-flow reaction turbines have both been used in energy-recovery systems.  For this application, Pelton wheels generally have a higher efficiency and also a flatter efficiency curve than reaction machines, making a Pelton wheel less sensitive to changes in reject brine flow if the water conversion factor is altered.  However, Pelton wheels tend to be more expensive to manufacture, and therefore the choice depends on the value of energy savings for a particular duty.  The use of energy recovery is now standard for most large seawater RO plants.

Membrane Replacement.  The economics of potable water production by RO are related to the service life of the membranes.  Membrane manufacturers’ guarantees on membrane life are qualified by requirements on the allowable concentrations of colloidal material, potential slime formers, and the absence of materials such as chlorine which would chemically degrade the membrane.  Provided that these conditions are met, manufacturers are now offering guarantees for periods up to five years.  The guarantees are on a time proportional basis, i.e. if after four years’ service the membrane fails, the replacement cost would be 80% of the new membrane price.

Service experience has indicated that it is necessary for plant owners to establish and maintain a comprehensive membrane inventory and service records system to include: the time on-line; the quality of water produced; and the cleaning and reconditioning procedures applied to restore flux or treated water quality.  These records are required to optimise the treatment and control methods used and the intervals between membrane cleaning, and also to support any claims against guarantees.  It is necessary to detect membrane fouling at an early stage to enable cleaning procedures to be effective.

Dialysis

The environmental engineer does not have much opportunity to apply the principles of osmosis in its strictest sense.  However, he does make use of a related phenomenon referred to as dialysis.  By choice of a membrane of a particular permeability, which is wetted by the solvent, it is possible to cause ions to pass through the membrane while large molecules of organic substances or colloidal particles are unable to pass.  Thus a separation of solutes can be accomplished, and the term dialysis is justified. 

Dialysis is used extensively to remove electrolytes from colloidal suspensions to render the latter more stable.  Chemical and environmental engineers use dialysis to recover sodium hydroxide from certain industrial wastes that have become contaminated with organic substances, as shown in Figure 8. 

In this process, the waste material is placed in cells with permeable membranes and the cells are surrounded with water.  The sodium and hydroxide ions pass through the cell wall into the surrounding water.  The water is evaporated to recover the sodium hydroxide, and the organic waste remaining in the cells is disposed of separately.  Waste caustic solutions must be quite concentrated before recovery by dialysis can be justified economically.  Mercerising waste of the cotton textile industry is an example. 

In another application, the dialysis principle can be used for demineralisation of brackish water.  In this case, the brackish water is placed both inside and outside the cell.  Electrodes are placed in the water outside the cell and when a current is applied, the ions within the cell are caused to flow through the semipermeable membrane and to concentrate in the water outside.  The cations flow toward the cathode an the anions flow toward the anode.  By this method, the water within the cell is demineralised.  This process, termed electrodialysis, uses electrical energy to cause the flow of ions against a concentration gradient.  In practice, a large number of thin, continuous-flow cells are used to make the process efficient for large-scale usage. 

Electrodialysis  The electrodialysis (ED) desalination system reduces salinity by transferring ions from feedwater compartments, through membranes, under the influence of an electrical potential difference.  Saline feed water contains dissolved salts composed of positively charged and negatively charged ions.  These ions will move towards an oppositely charged electrode immersed in the solution; i.e. positive ions (cations) will go to the negative electrode (cathode) and negative ions (anions) to the positive through the anion-permeable membranes, separating the electrodes, and the centre gap between these membranes will be depleted of salts.  A full-sized electrodialysis ‘stack’ is obtained by multiplying the number of membrane pairs between two electrodes and placing a spacer assembly between each membrane pair to collect the dilute and concentrated solutions.

In theory, a small membrane area and a large current could be used.  A high current density (current per unit membrane area) causes concentration polarisation in practice.  This results in wastage of power and deposition of scale.  The most efficient design calls for a reduction of this polarisation by maximum utilization of membrane area, high turbulence, and good liquid distribution.  However, even using these methods, the current densities cannot always reach the economic optimum.

Because the energy requirements are proportional to the water’s salinity, electrodialysis is more economic when the salinity of the feed water is restricted to brackish water containing not more than about 3 000 mg/L of dissolved solids.  Due to the low conductivity of the product water, which increases the polarisation effects and hence membrane areas, the process is unsuitable for the production of water containing less than 250 mg/L of dissolved salts.  A membrane-fouling problem can exist, and experience with many small plants permits reliable design for the particular water.  It is, however, not yet possible to design a plant or estimate a water production cost, given only the total dissolved-solids content of the feed.  The temperature as well as a detailed analysis of the feed must be known, since trace constituents (e.g. iron) or feed temperature changes can significantly influence costs.  In Figure 17 above, a typical desalination process system utilizing electrodialysis is shown.

A further development of the classic ED process is the electrodialysis reversal system (EDR).  In this system the polarity of the direct electric field is periodically reversed for an equal period of time at each polarity.  The result of polarity reversal is that the flow channels in the membrane array, which contain the high salinity stream to one polarity, will contain the low-salinity dilute stream on the other polarity, thus washing away or redissolving any scale which may have formed.  This self-cleaning nature of the EDR system allows for operation at recoveries that create substantial levels of mineral supersaturation in the brine stream without requiring chemical treatment to prevent precipitation.

Nano–Filtration, Ultra–Filtration And Micro–Filtration
These processes are distinguished from RO principally by the pore size of the membrane material and hence the size range of the species allowed to pass through the membrane.

Nano-filtration refers to a membrane process that rejects particles in a size range above 1 nm (10 Ångstroms).  As a result, the passage of monovalent salts is relatively high (30-60%), whereas the passage of divalent salts is much lower (5-15%).  The process is sometimes described as membrane softening.  The main advantage of these membranes is that, by allowing a higher passage of monovalent salts, the osmotic pressure is limited; therefore transmembrane pressures are much lower than for RO (typically 3.5-16 bar).  This gives considerable savings, in both pumping power and membrane costs, compared with conventional RO.  Typical applications include removal of colour and total organic carbon from surface water, reduction of hardness, and total dissolved solids (TDS).

Ultra-filtration membranes have a coarser structure which allows all dissolved salts to pass through but will reject colloids and large organic molecules.  Transmembrane pressures are typically 1-7 bar.  Micro-filtration removes particles in the approximate size range 0.1-1( and has little impact on the composition of the solution, because only suspended solids and large colloids are rejected.  Transmembrane pressures are typically 0.7 bar.

Water quality and post treatment

For potable use it is necessary that the final treated water should conform to national water standards.  World Health Organisation (WHO) guidelines suggest that potable water should contain not more than 500 mg/L TDS, of which not more than 200 mg/L should be present as chlorides.  It is also desirable that the product water contains a minimum of 75 mg/L of calcium (expressed as CaCO3) and, as RO membranes reject calcium in preference to sodium, this necessitates the addition of calcium salts to the product water.  This latter requirement implies that the product water leaving the membrane should not contain more than 350 mg/L TDS.  The permeate from the plant is usually corrosive, having low pH and little or no buffering capacity; further conditioning is essential and this is usually achieved by controlled resalination.  Resalination of the product water can be achieved by the injection of calcium chloride and sodium carbonate/bicarbonate – the carbonates being used to control the pH value of the product water.

Well-water, if it is available, can also be used to resalinate the permeate, i.e add some dissolved solids for taste.  RO rejects bacteria and virus constituents of the feed water, but it is still considered essential that the product water should be chlorinated to maintain it bacteria-free and suitable for potable use.

Where treated water is required for process use, it is possible to increase the number of second-stage membranes to enable the production of treated water containing approximately 50 mg/L TDS. 

High-purity water for uses such as boiler make-up would be obtained from the low TDS permeate by mixed-bed ion exchange.

Estimates have been prepared for a range of desalination-plant schemes, each sized to produce 30 000 m3/d of water to WHO standards.

The derivation of water costs by desalination processes is outside the scope of this paper, but the cost of brackish water treatment by RO is estimated at $0.75/m3 (($2.90 per 1000 gal), while seawater distillation would cost up to $1.60/m3 ($6 per 1000 gal).  These costs are sensitive to operational periods, the lowest costs being for continuous operation and increasing as operating times are reduced.  The main technical features and unit water costs of the schemes, are given in Table 3, covering a range of distillation and RO alternatives.

The costs of desalination (Table 3) indicate that, under the correct conditions, desalination can compete with conventional water supplies.  A brackish water plant, operated continuously, would be slightly more expensive than the development of existing surface water resources.  However, there may not be many locations where suitable brackish water sources are available.

Table3.  Desalination schemes compared (3 000 m3/day capacity plants)

	SCHEME NO.
	1
	2
	3
	4

	Feedwater source
	Seawater
	Seawater
	Seawater
	Brackish

	Total dissolved solids (mgf/L)
	37 000
	37 000
	37 000
	3 000

	Desalination process
	MSF
	MED
	RO
	RO

	Number of units/streams
	2
	3
	6
	6

	Unit/stream rating (m3/day)
	15 000
	10 000
	5 000
	5 000

	Performance ratio
	8
	10
	-
	-

	Water recovery %
	-
	-
	40
	85

	Membrane type
	-
	-
	Spiral
	Spiral

	Number of stages
	18
	6
	1
	1

	Associated power plant
	Yes
	Yes
	No
	No

	Estimated cost
	
	
	
	

	Capital cost (US $ million)
	70
	60
	50
	30

	Unit water cost ($ per m3)
	1.5
	1.2
	1.3
	0.7


Although seawater desalination costs are about twice those of brackish water treatment, the costs are much lower than for some of the emergency schemes now being constructed or actively considered by UK water undertakings to meet drought conditions.

Proposals to develop new surface catchments and reservoirs meet with ever-growing environmental objections.  The costs of planning and environmental investigations and enquiries must add considerably to the eventual cost of water from such schemes. 

Desalination is therefore worth serious consideration when selecting new resource developments and needs to be re-evaluated both by individual water undertakings and on a national scale.

Conclusions on desalination

1. The main process for seawater desalination is MSF, which is used for most of the major Middle East plants, with unit capacities up to 55 000 m3/d.  In most cases the steam to operate the process is obtained (a) from power generating plant, (b) by heat recovery from the exhaust (gas turbines), or (c) by extraction of steam at suitable pressure (steam turbine).  

2. Dual-purpose power and desalination plants give considerable economy in overall energy consumption and cost, compared with separate single-purpose plants.

3. MED is being used increasingly for smaller and medium size applications, but further development will be needed to reach the unit capacities of MSF.

4. Reverse osmosis is now used in several large and many small seawater desalination plants, in the Canaries, Malta and Caribbean, as well as the Middle East.  Reverse osmosis is successful and competitive with distillation, provided that the process and pretreatment equipment is correctly designed and operated for the feedwater conditions at the site.

5. Reverse osmosis is widely used for brackish water desalination in the southern states of the USA and elsewhere.  Costs of brackish water treatment are approximately half of those of a comparable seawater plant.  Electrodialysis is also suitable and cost effective for low-salinity brackish water treatment, but not as yet for seawater because of the high- energy consumption.

6. Water shortages in certain areas, together with the difficulties encountered in developing new conventional resources, strengthen the case for serious examination of desalination as a potential new resource.  Although costs are likely to be higher than traditional water supplies, desalination could be a viable alternative to some of the other options being considered and applied.

7. Industrial water reclamation could benefit from increased recovery potential of useful dissolved material.

REVERSE OSMOSIS PRINCIPLES
Osmosis is the movement of a solvent through a membrane that is impermeable to a solute, the direction of flow being from the more dilute to the more concentrated solution.  For example, if a salt solution is separated from water by means of a semi-permeable membrane as shown in Figure 5, water will pass through the membrane in both directions but will pass more rapidly in the direction of the salt solution.  As a result, a difference in hydrostatic pressure develops.  The tendency for the solvent to flow can be opposed by applying pressure to the salt solution.  The excess pressure that must be applied to the solution to produce equilibrium is known as the osmotic pressure and is denoted by (.

The net flow of solvent across a membrane results as a response to a driving force, and this can be estimated by the difference in VAPOR pressure of the solvent on either side of the membrane.  The transfer of solvent across the membrane from the less concentrated to the more concentrated solution will continue until the effect of hydrostatic pressure overcomes the driving force of the VAPOR pressure differential.  For an incompressible solvent, the osmotic pressure, (, at equilibrium can be estimated from the following: 
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Here, osmotic pressure, (, is expressed in atmospheres, R the universal gas constant is equal to 0.082 L-atm/mol.K, temperature T is in degrees Kelvin, VA is the volume per mole of the solvent and is equal to 0.018 L for water, and PoA and PA are the VAPOR pressures of solvent in the dilute and concentrated solutions, respectively.  

Raoult's law indicates that for dilute solutions the reduction in VAPOR pressure of a solvent is directly proportional to the concentration of particles in solution.  From this fact, the above equation can be rearranged to relate osmotic pressure to the molar concentration of particles, c, in the concentrated solution such that: 

(=cRT


This equation is valid in a strict sense only for dilute solutions in which Raoult's law holds true.  

An application of osmotic pressure principles in environmental engineering is in the demineralisation of salt-laden (brackish) water by the reverse osmosis process.  As the name implies, this process is the reverse of osmosis, and water is caused to flow in a reverse manner through a semi-permeable membrane from brackish to dilute fresh water.  This is accomplished by exerting a pressure on the brackish water in excess of the osmotic pressure. The semi-permeable membrane acts like a filter to strain the ions and particles in solution on the brackish water side, while permitting water alone to pass through the membrane.  Theoretically, the process will work if a pressure just in excess of the osmotic pressure is used.  In practice, however, a considerably higher pressure is necessary to obtain an appreciable flow of water through the membrane.  Also, as fresh water passes through the membrane, the concentration of salts in the remaining brackish water increases, creating a greater osmotic pressure differential.  The theoretical minimum energy required to remove salts from water in such a process is equal to the osmotic pressure multiplied by the volume of water being demineralized. 

Example

The molar concentration of the major ions in a brackish ground water supply is as follows: Na+, 0.02; Mg2+, 0.015; Ca2+, 0.01; K+, 0.001; Cl-, 0.025; HCO3-, 0.001; NO3-, 0.002; and SO42-, 0.012. 

(a) What would be the approximate osmotic pressure difference across a semi-permeable membrane which had brackish water on one side and mineral-free water on the other, assuming the temperature is 25(C? 

The molar concentration, c, of particles in the brackish water is:

c = 0.02 + 0.015 + 0.01 + 0.001 + 0.025 + 0.001 + 0.002 + 0.012 = 0.075M 

From the previous equation in the text,
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  or  29.9 psi

(b) If in the above example, a yield of 75% fresh water were desired, what minimum pressure would be required to balance the osmotic pressure difference that will develop? 

For a 75% yield, the salts originally present in four volumes of brackish water would be concentrated in one volume of brackish water left behind the membrane after three volumes of fresh water have passed through the membrane. Thus, the particle concentration in the remaining brackish water would be four times that of the original brackish water or 0.30 M.  Such concentrations are also maintained in continuous processes.
Then (= 0.30 x 0.082 x 298 = 7.33 atm  or 108 psi   At this point, the pressure required to push the fresh water through the membrane would be in excess of 7.33 atm, or 740 kPa.  
This represents the pressure just from preventing backflow.  Additional pressure, typically 2 500 kPa is required to overcome the pressure drop over the membrane pores.
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AMMONIA STRIPPING

Nitrogen in the form of ammonia plays a key role in the selection and operational control of water renovation and reclamation processes.  Because of the high chlorine demand associated with ammonia and the need for effective chlorination to ensure complete disinfection, it is of economic importance that ammonia be reduced to low levels prior to the chlorination stage.  The acidity formed by chlorination also contributes to overall treatment costs in terms of alkali addition, which results in an increase in total dissolved solids.  For this reason, the development of sewage treatment processes incorporating biological nitrification and denitrification have gained great popularity during recent years. 

Experience at both the plants at Windhoek in Namibia and the Stander Water Reclamation Plant in Pretoria, South Africa has confirmed that, in general, biofilter systems do not produce effluents with consistently low concentrations of ammonia.  This is due to: diurnal variations in sewage quality; a reduction of biological activity during the winter months; and sporadic conditions of overloading.  The ammonia removal capacity of maturation ponds also has severe limitations.  For the reclamation of effluents derived from these conventional sewage purification plants, ammonia stripping should be seriously considered as an integral part of the water reclamation process sequence.  The need for stripping is determined by the diurnal and seasonal concentration levels of ammonia, in relation to chlorine dosages required for breakpoint chlorination.  

A great deal of research effort has been devoted to ammonia stripping in South Africa and elsewhere.  The kinetics of the process are well understood and process criteria have been documented by various authors in this field.  Performance, however, is subject to practical problems such as scaling of the packing material and the drop in efficiency at low ambient temperatures.  

The basic equilibrium for the ammonium ion in water can be presented as follows: 
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The distribution of free ammonia and the ammonium ion in water in relation to pH and temperature is shown in Figure 6.

At high pH levels, dissolved ammonia gas predominates. It can be removed from solution to the atmosphere by reducing its partial pressure at the liquid-air interface, following Henry's law: 
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where: Cg is the concentration of soluble gas in liquid, mg/L, ( is the solubility coefficient, mg.L-1.atm-1, and Pe is the partial pressure of soluble gas in the gas phase, atm. 

The value of ( for ammonia varies with temperature and with the partial pressure of the ammonia in the gas phase. 

Henry's law is applicable to ammoniacal solutions of up to 0.06 mole fraction (56 000 mg/L).  At neutral pH levels, dissociation of ammonia in water results in the partial formation of ammonium ions.  At high pH levels ((11), the solubility of ammonia is reduced, and Henry's constant increases approximately fourfold. 

In the advanced treatment of secondary effluents to high pH levels with lime, the ammonia concentration in the clarified effluent can be significantly reduced by using either a stripping tower, or a system of open or mechanically aerated ponds. 

Ammonia Stripping Towers

Ammonia stripping can be classified as a gas film controlled process for which the main resistance to mass transfer lies in the gas phase.  In broad terms, ammonia stripping calls for a process such as is used in water cooling where due consideration is given to: low resistance to air flow; uniform distribution of air and water; and cheap and corrosion resistant packing material.  The provision of a high ratio of air to water flow is therefore required in order to overcome resistance to mass transfer across the liquid-gas interface. 

There are two main types of ammonia stripping towers: 

(a) the counter-flow tower, in which the water is distributed at the top and the total air flow enters the bottom of the tower, and 

(b) the cross-flow tower, in which air is introduced at the side walls throughout the whole height of the packing.  This type of tower was found to be subject to more serious scaling problems than the counter-flow type. 

The multi-stage, cross-flow tower was studied in South Africa.  It is a modification of the cross-flow tower, where the total air flow is induced at the bottom. 

The factors affecting the performance of the tower can be classified into the following four main groups. 

(a) Fixed parameters, which are determined by the design engineer, and include the following: 

  (i) the geometry of the tower, in terms of packing dimensions and air ducting,
 (ii) the water distribution arrangement in the tower, and
(iii) the material and geometry of the packing. 

(b) Operational conditions, which are usually fixed for a certain quality of effluent to be treated and include:

  (i) the air to water ratio, and
 (ii) the hydraulic loading. 

(c) Process parameters, which depend on the quality of the influent to the tower, as regards the following: 

  (i) ammonia concentration
 (ii) pH, and 
(iii) turbidity and chemical stability. 

(d) Environmental conditions, comprising:

  (i) ambient air temperatures,
 (ii) humidity, and
(iii) temperature differences (diurnal and seasonal variations). 

ADSORPTION PROCESSES

Adsorption is due to weak Van der Waals forces acting between molecules.  The efficiency of binding is increased if the material used as the adsorbent presents a large, irregular surface area.  Adsorbents are manufactured to enhance adsorption by being extremely porous.  

Activated carbon.

Activated carbon is produced under carefully controlled conditions in a two step process. In the first step, raw material (of organic carbonaceous origin) is dry distilled and then converted to char at a temperature of 700(C or less, in the absence of oxygen (pyrolysis).  

An example of such a reaction is 


[image: image30.wmf]2

4

2

H

C

CH

+

®


Carbon is then activated by oxidation in the absence of oxygen, at temperatures of 830-900(C with steam (or carbon dioxide) used as the electron acceptor, as shown below. 
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The overall reaction is: 
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known as the "Blue Watergas" reaction which only proceeds at temperatures above 815(C. 

These reactions are conducted under carefully controlled conditions of temperature, pressure and time, variations of which will produce carbons with highly variable properties.  Approximately 90 % of the carbon is consumed by this process.  As a result, the remaining un-oxidised carbon is full of pores of various sizes.  The pores sizes are

macropores > 50 nm
mesopores 2 nm - 50 nm 
micropores < 2 nm.

The ratio of these pore sizes varies with the process conditions and with the source of the carbon, highly activated carbon having 75 % of the pores less than 2 nm.  The larger pores are also important as they provide access to the smaller pores within the carbon.  

Important sources of raw material for activated carbon are wood, coconut, peat moss, bone char, lignite, coal and anthracite.  Coal-based carbon is commonly used in water treatment due to its larger macropores and high adsorptive capacity.  In the gold mining industry coconut-based activated carbon is used due to its hardness which resists pulverisation in the gold recovery process, it does however have a lower adsorptive capacity. 

Important properties of carbon which vary with processing method and carbon source are: void fraction; apparent density; density; wetted density, and hardness.  

Activated carbon can be purchased as powdered activated carbon (PAC) and granular activated carbon (GAC).  GAC is sometimes extruded as pellets if manufactured from peat or lignite.  The main difference between PAC and GAC is the size the carbon is crushed to

· PAC: 10 to 100 mm apparent diameter (i.e. 65 – 90 % passes 325 mesh) 

· GAC: 1.68 x 0.42 mm to 2.38 x 0.59 mm (12 x 40 and 8 x 30 mesh)

GAC is used in packed columns and PAC is dosed as needed and mixed with the flow. In many systems where only occasional treatment with carbon is required (e.g. to remove cyanobacterial toxins from drinking water), PAC can be dosed early in the treatment train and filtered out at a later stage.  In systems where continuous processing is required (e.g. air scrubbers, biological activated carbon treatment), it is more convenient to use packed columns as a unit treatment process. 

GAC can be reactivated frequently in a similar process to production, but PAC is not recovered and adds to the solids disposal problem of treatment plants. 

Activated alumina

Activated alumina is produced by the careful heating, 200 - 300(C, of dehydrated aluminium hydroxide; 
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This process forms an alumina with similar properties to the carbons described above.  Activated alumina cannot be produced using alumina as a basis, as it will not form the cracks and pores required to give the large surface area required for adsorption. 

Other adsorbents

Other materials used for adsorption are activated silica, biosorbents and adsorption resins. In gaseous systems activated silica, for example silica gel, is used for air drying.  Biosorbents include a wide range of products such as peat moss, wood shavings and dead microbial biomass.  Microbial biomass is an important category as they can be very specific to particular metal ions.  In Canada, dead microbial biomass has been demonstrated as a potential method of extracting valuable uranium from mining wastewater.  Adsorption resins are purpose designed and have very regular pore sizes, they are also very expensive and have no mesopores. 

Factors influencing adsorption

There are several factors which affect the adsorption process.  Most of these factors vary in their effect on different contaminants and with different adsorbents.  These factors are:

· water diffusion 

· film diffusion 

· pore diffusion

· attachment

· pH

· temperature

Water diffusion  To arrive at the carbon surface contaminants must diffuse through the water.  This process is assisted by ensuring turbulent flow. 

In order for a contaminant to be adsorbed it must penetrate the stagnant (boundary) layer of water which surrounds the adsorbent, the process of film diffusion.  Film diffusion is increased by reducing the thickness of the boundary layer.  This is done by ensuring the water flow is turbulent in packed columns.  In powdered and other dosed systems the water must be agitated mechanically or hydraulically.  The rougher the surface of the carbon, the smaller the boundary layer will be. 

Pore diffusion is improved by the appropriate ratio of macro- to meso- to micropores for the contaminant being adsorbed.  If there are too few larger pores the pathways to the smaller pores become blocked, resulting in inadequate pore diffusion. 

Attachment to the surface of the carbon depends on the properties of the material to be adsorbed.  Highly polar, soluble or hydrophilic contaminants are poorly adsorbed, and conversely, non-polar, poorly soluble and hydrophobic compounds are easily adsorbed.  

Decreasing pH decreases polarity by protonating anions and increasing adsorption. Competitive adsorbents will also reduce the adsorbance of a particular contaminant.  

Temperature has a significant influence on the rate of adsorption.  This is the reason why adsorption tests are performed isothermally and why the test results are referred to as isotherms.

Regeneration of GAC

After treating water for a period of time all the available sites for adsorption will be filled and the carbon can be either regenerated or disposed of.  In general, PAC will be disposed of after use and GAC can be regenerated on or off site.  Regeneration is a major cost of GAC systems, and is generally done off-site due to the specialised equipment required. 

The regeneration process consists of:

· drying at up to 200(C, a process which vaporises volatile organics,

· decomposition of unstable adsorbates, and further vaporisation of volatiles,

· pyrolysis at temperatures of 500 - 700(C, and

· oxidation with C02 or steam at ( 800 - 900(C.

More information on adsorption can be found in AWWA handbook.
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The thermodynamic analysis of dual-purpose plants, and allocation of energy from fuel between power and water production, is a complex problem to which there is no universal agreement.  The analysis is further complicated, for Middle Last conditions, by the wide variation between peak summer and minimum winter electrical loads on the power systems, while water production needs to be kept reasonably constant.  This was discussed at the World Desalination Conference in 1995 (Wade & Fletcher, 1995).





The Jebel Ali ‘G’ station in Dubai was built in 1992 with four 115-MW gas turbines and exhaust heat-recovery boilers supplying steam to eight 34 000 m3/d MSF distillers.  This station is now being converted to a combined cycle plant through the addition of one more gas turbine and two 35-MW back-pressure steam turbines.  The steam turbines make use of the available energy between the heat-recovery boiler steam conditions and the low steam pressure of about 2.5 bar needed at the distiller brine heaters





The number of evaporations and condensations to change the concentration from the start to the desired value determines the number of physical equilibrium steps to bring about the desired degree of separation.  This is used to calculate the number of stages, and thereby the height of the column required.  The width of the column is a function of physical restrictions on the flow of the voluminous vapour and also the time required to establish equilibrium.
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